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bstract

This paper presents a performance analysis for the autothermal reforming process of methane in a fixed bed reformer for hydrogen production. The
rocess is simulated using a 1-D heterogeneous reactor model under small-scale conditions. The model accounts for mass and thermal dispersion
n the axial direction, axial pressure distribution, and interfacial and intraparticle transport. The process performance under dynamic and steady
tate conditions is analyzed with respect to key operational parameters: temperatures of gas feed and catalyst bed, oxygen/carbon and steam/carbon
atios, gas hourly space velocity (GHSV), and feed contaminations. The influence of these parameters on gas temperature, methane conversion,
ydrogen yield and purity, and reforming efficiency is investigated. An optimal operational window of a GHSV range from 1050 to 14,000 h−1,

team/carbon molar ratio of 4.5–6.0, and oxygen/carbon molar ratio of 0.45–0.55 is obtained to achieve a high conversion level of 93%, hydrogen
urity of 73% on dry basis, thermal reformer efficiency of 78%, and a yield of 2.6 mole hydrogen per 1 mole of methane fed. The simulation studies
re performed using gas feed temperature and pressure of 500 ◦C and 1.5 bar, respectively.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Hydrogen is a major feedstock in many chemical and petro-
hemical industries and well perceived as a pollution-free
rimary energy carrier for future transportation fuel as well as
lectricity generation. The recent surge in demand for small-
cale, cheap, and efficient hydrogen production is driven by the
igh interest in the application of fuel cells for electricity gener-
tion [1–3]. Fuel cells offer a promising path for hydrogen based
nergy systems as clean, flexible, and efficient devices utilized
n either stationary or portable power generation applications
nd in transportation [3,4].

A typical gas mixture feed to a fuel cell can be obtained

y converting the hydrocarbon fuel first into synthesis gas in
reformer. For a proton exchange membrane fuel cell, the gas

eed must be purified in a water gas shift reactor where CO is
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onverted into CO2 and additional hydrogen is obtained. The
emaining traces of CO have to be removed further, for instance
y selective oxidation, before the final gas mixture is fed to the
node side of the fuel cell.

A complete transition towards hydrogen as a standard energy
arrier within the next decade is unlikely, due to the current dif-
culties in its economically and technically feasible production
outes and storage. The ultimate goal towards hydrogen econ-
my is to use renewable energy for hydrogen production. Thus,
eforming fuel for hydrogen production is solely an intermediate
olution. Nevertheless, the ongoing research on hydrogen tech-
ology may significantly improve the energy efficiency [5,6].

Methane reforming is currently a well-established technol-
gy and has been the most important industrial process for
he production of hydrogen and/or synthesis gas in the man-
facture of ammonia, methanol, and other chemicals. This

echnology has been adequately reviewed [7–13]. The major
eforming processes include steam reforming (SR), partial oxi-
ation reforming (POX), catalytic partial oxidation (CPO), and
utothermal reforming (ATR).

mailto:j.c.schouten@tue.nl
dx.doi.org/10.1016/j.cej.2007.05.019


M.H. Halabi et al. / Chemical Engineering Journal 137 (2008) 568–578 569

Nomenclature

av external catalyst surface area per unit volume of
catalyst bed (m2/m3)

Ci concentration of species i in the gas phase
(mol/m3)

Ci,s concentration of species i in the solid phase
(mol/m3)

Cp,bed specific heat of the catalyst bed (J/(kg K))
Cpg specific heat of the fluid (J/(kg K))
Di effective diffusion coefficient (m2/s)
Dm average molecular diffusivity (m2/s)
Dz axial dispersion coefficient (m2/s)
dp catalyst particle diameter (m)
Ej activation energy of reaction j (J/mol)
Gs gas mass flow velocity (kg/(m2 s))
�Hi heat of adsorption of species i (J/mol)
ΔHC

i heat of adsorption of combusting species i (J/mol)
�H298 K heat of reaction of at STP (kJ/mol)
hf gas to solid heat transfer coefficient (W/(m2 s))
jD Chilton–Colburn factor for mass transfer
jH Chilton–Colburn factor for heat transfer
kg,i gas to solid mass transfer coefficient of compo-

nent i (m3/(m2 s))
kj temperature dependent kinetic rate constant of

reaction j
koj reference temperature dependent kinetic rate con-

stant of reaction j
Kj thermodynamic equilibrium constant of reaction

j
Koi reference adsorption constant of species i
Ki adsorption constant of species i
KC
oi reference adsorption constant of combusting

species i
KC
i adsorption constant of combusting species i

KD parameter corresponding to the viscous loss term
(Pa s/m2)

KV parameter corresponding to the kinetic loss term
(Pa s2/m3)

LHVH2 lower heating value of H2 (MJ/kmol)
LHVCH4 lower heating value of CH4 (MJ/kmol)
pi partial pressure of gas species i (bar)
P total gas pressure (bar)
Pr Prandtl number
ri rate of consumption or formation of species i

(mol/(kgcat s))
Rj rate of reaction j (mol/(kgcat s))
R universal gas constant (J/mol K)
Re Reynolds number
Sci Schmitt number
T gas phase temperature (K)
Ts solid catalyst temperature (K)
t time (s)
u superficial gas flow velocity (= εbuinst) (m/s)
uinst interstitial gas velocity (m/s)

Yi dry mole fraction of species i (mol/mol)
z axial dimension (m)

Greek letters
Ω dominator term in the reaction kinetics
εb packing bed porosity
ηj effectiveness factor of reaction j
λg average gas thermal conductivity (W/m K)
λs solid thermal conductivity (W/m K)
λ
f
z effective thermal conductivity (W/m K)
μg average gas viscosity (kg/(m s))
ρbed density of the catalyst bed (kg/m3)
ρcat density of the catalyst pellet (kg/m3)
ρf density of the fluid (kg/m3)
ψ particle shape factor (for spherical particles,
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SR is a highly endothermic process and therefore demands
n efficient heat supply to the system. It is usually operated in
temperature range of 850–950 ◦C on Ni-based catalyst. It is a
ery energy- and capital-intensive process although the present
echnology approaches 90% of the maximum thermodynamic
fficiency [14]. However, steam reforming is economically
nattractive option for low-volume and low-pressure hydrogen
roduction [6,12].

POX uses pure oxygen and achieves H2 to CO ratios from
.6 to 1 in the product syngas. CPO uses a catalyst that permits
ameless partial combustion to H2 and CO [13]. Conventional
TR uses a partial oxidation burner followed by a catalyst bed
ith natural gas, steam and oxygen to produce syngas with
2 to CO ratios of 2 to 1 [6]. CPO typically operates at low

team/carbon ratio (S/C from 0 to 1), while ATR operates at
elatively higher steam load (S/C > 1). In CPO, the catalyst bed
emperatures tend to be higher than ATR and thus higher reaction
ates and consequently a higher space velocity is possible even
he syngas yield is somewhat lower than ATR [2]. However, pre-

ixing and preheating is more straightforward because there is
o steam is fed to the process. Currently, CPO and ATR require
dded oxygen which increases the costs for low volume hydro-
en production. In both processes, the target is to achieve the
hermodynamic equilibrium composition, which is governed by
eed conditions (composition, temperature), pressure, and heat
oss. These factors must be optimized to maximize the syngas
ield, and to minimize the hydrocarbon slip.

Because of thermodynamic reversibility of the SR reactions
nd the POX reactions, limits are imposed on the maximum
ethane conversion and hydrogen yield that can be attained

n conventional fixed bed large-scale units. Therefore, a strong
ecessity in such technologies is to include further purification
nits of hydrogen using shift reactors, CO2 separation units,
referential CO oxidation units (PROX), and pressure-swing

bsorption units (PSA). These operational units, particularly the
SA, are highly cost intensive and inconvenient for small-scale
pplications such as onboard fuel cells. Extensive thermody-
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Table 1
Autothermal reforming reactions

Reaction �H298 K (kJ/mol)

R1. Steam reforming CH4 + H2O ↔ CO + 3H2 206.2
R2. Steam reforming CH4 + 2H2O ↔ CO2 + 4H2 164.9
R3. Water gas shift CO + H2O ↔ CO2 + H2 −41.1
R4. Total combustion CH4 + 2O2 ↔ CO2 + 2H2O −802.7
R5. Partial oxidation CH4 + 1

2 O2 ↔ CO + 2H2 −36
R6. Partial combustion CH4 + O2 ↔ CO2 + 2H2 −71
R . Dry reforming CH + CO ↔ 2CO + 2H 247
R
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amic calculations have been performed on ATR of natural gas
o analyze the equilibrium product composition and the influ-
nce of the natural gas composition on optimizing hydrogen
ield and minimizing CO co-generation [15–17].

The catalytic ATR has received much attention in research
uring the recent years as a viable process for hydrogen genera-
ion for fuel cell systems [6,11,12]. It offers advantages of small
nit size and lower operational temperature, easier startup, and
ider choice of materials. Moreover, it has a higher energy effi-

iency compared to SR or POX. ATR has major advantages over
ther reforming alternatives mainly for low energy requirements,
igh GHSV (at least one order of magnitude relative to SR), and
ower process temperature than POX, higher H2/CO ratio, and
asily regulated H2/CO ratio by the inlet gas composition.

Although ATR has an interesting potential in industrial appli-
ation, there has been only a limited amount of work reported
n the field of reactor design and simulation [18]. In this paper,
he autothermal reforming of methane is optimized in terms of
uel conversion, reforming efficiency, and H2 purity and yield in
fixed bed reactor with a mathematical modeling approach at

mall-scale conditions. The process performance under dynamic
nd steady state conditions is analyzed with respect to major
perational parameters: temperatures of gas feed and catalyst
ed, oxygen/carbon and steam/carbon ratios, gas feed space
elocity, and feed contaminations. An optimal operational win-
ow of GHSV, oxygen/carbon ratio, and steam/carbon ratio is
haracterized under relatively mild conditions of temperature
nd pressure. The influence of the reforming-oxidation kinetic
odel and reactor conditions on catalyst and gas temperatures is

iscussed. Furthermore, the formation of undesired hot spots in
he fixed bed reformer as a function of oxygen partial pressure
an be predicted with the model. Special attention must be paid
o this point in the design and construction stage of such reactor.

. Autothermal reforming of natural gas

ATR combines the effects of both the endothermic steam
eforming and the exothermic partial oxidation by feeding the
uel together with the oxidant (air fed or oxygen fed) and steam
ver a catalyst in a fixed bed reactor.

.1. ATR reactions

In a reforming process of natural gas, many reactions are
ikely to occur. If we consider that methane is the major dominat-
ng species in natural gas, the following set of reactions shown in
able 1 will be involved. The first four reactions are considered
s the prevailing reaction routes in the autothermal reforming
rocess. The water gas shift reaction tends to influence the final
2/CO ratio depending on the feed S/C ratio. At high operational

emperature, the reaction will favor production of CO instead of
2; that is the reason why a large S/C ratio is used in methane

eforming.

It is also theoretically possible to reform methane with CO2,

his is known as dry reforming as represented in reaction (7).
he catalysis research for such a reforming route of methane is
till very challenging and the formation of acceptable amounts
7 4 2 2

8. Boudouard reaction 2CO ↔ C + CO2 −172

9. Decomposition CH4 ↔ C + 2H2 75

f syngas or H2 via this route alone does not appear feasible yet
6].

The reforming reactions may also be associated with coke
ormation in some cases as in reactions (8) and (9). The
oke formation reactions are definitely undesired routes due to
he reduced process efficiency attained, catalyst deactivation,
orrosion of material of construction and unfavorable reactor
leaning. However, coke formation is usually suppressed by
igher temperatures, and high O/C and S/C operational ratios
1,4,15]. A similar set of reactions is expected to occur with
thane and other hydrocarbons in the feed.

.2. Thermal neutrality condition of ATR

The overall ATR reforming of methane is ideally expressed
y the following reaction equation:

H4 + x(O2) + (2 − 2x)H2O ⇔ CO2 + (4 − 2x)H2 (1)

here x is the O/C molar ratio. This ratio is the key stoichio-
etric parameter that determines the theoretical S/C molar ratio

equired to convert CH4 into CO2 and H2, the maximum H2
ield, and the heat of reaction at adiabatic conditions at a defined
emperature. Autothermicity of the reaction can be theoretically
ttained when the net adiabatic heat of reaction is zero:

HT =
∑
i

νi(x)Hi(T ) = 0 (2)

owever, due to heat transfer losses through the reactor walls,
he operating O/C ratio should be slightly higher than the stoi-
hiometric ratio to account for any heat loss or to raise the gas
emperature to control the product composition and to limit coke
ormation.

. Mathematical model

A 1-D heterogeneous model is constructed to investigate the
TR process behavior at dynamic and steady state conditions in
fixed bed reformer. The major assumptions in the model can
e listed as follows:
1. ideal gas behavior;
2. adiabatic operation;
3. mass axially dispersed plug-flow conditions are considered

with negligible radial gradients;



ineering Journal 137 (2008) 568–578 571

1

3

o
w
o
w
h
t
r
t
l
g
[
h
i
k
o
d
c

Table 2
ATR kinetic reaction model

Reaction rate equation

R1 = k1

p2.5
H2

(
pCH4pH2O −

p3
H2
pCO

KI

)
× 1

Ω2
(3)

R2 = k2

p3.5
H2

(
pCH4p

2
H2O −

p4
H2
pCO2

KII

)
× 1

Ω2
(4)

R3 = k3

pH2

(
pCOpH2O − pH2pCO2

KIII

)
× 1

Ω2
(5)

R4 = k4apCH4pO2

(1 +KC
CH4

pCH4 +KC
O2
pO2 )

2
+ k4bpCH4pO2

1 +KC
CH4

pCH4 +KC
O2
pO2

(6)
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4. thermal dispersion in the axial direction is also considered
with negligible radial gradients;

5. concentration and temperature gradients in the radial direc-
tion are ignored;

6. no temperature gradient in the catalyst particles;
7. six reactive species (CH4, O2, CO, CO2, H2, H2O) and one

inert component (N2) are involved in the model;
8. no homogenous gas phase reactions are considered as the

temperatures are lower than 600 ◦C;
9. uniform particle size;
0. constant bed porosity.

.1. Reaction kinetic model

To reduce the complexity of the mathematical model devel-
pment and solution, only the reactions with significant rates
ill be considered. Among the possible set of reactions previ-
usly discussed, the two steam reforming reactions R1 and R2,
ater gas shift R3, and the total combustion reaction R4 prove to
ave significant rates [15]. Therefore, the partial oxidation reac-
ion R5, the partial combustion reaction R6, the dry reforming
eaction R7, the Boudouard reaction R8, and the decomposi-
ion reaction R9 are ignored in this modeling study. There is a
arge number of kinetic models for steam reforming and water-
as shift reactions in literature. The model of Xu and Froment
19] over Ni-based catalyst is considered to be more general and
as been extensively tested under labscale conditions [20]. It is
nvestigated on a temperature range from 500 to 575 ◦C. The

inetic model of Trimm and Lam [21] is considered as a rigor-
us study for methane combustion. The kinetic rate expression
eveloped in their model at 557 ◦C is adopted for the methane
ombustion reaction in this work. However, since it was derived

r

r

able 3
eaction equilibrium constants and Arrhenius kinetic parameters

eaction, j (see Table 1) Equilibrium constant, Kj

KI = exp
(−26830

Ts
+ 30.114

)
(bar2

KII = KI·KIII (bar2)
KIII = exp

(
4400
Ts

− 4.036
)

j = koj × exp
(−Ej
RT

)

able 4
an’t Hoff parameters for species adsorption

Koi (bar−1) �

H4 6.65 × 10−4 −
O 8.23 × 10−5 −
2 6.12 × 10−9 −
2O 1.77 × 105 bar
H4 (combustion)

2 (combustion)

i = Koi × exp
(−�H

RT

)
C
i = KC

oi × exp
(

−�HC
i

RT

)

= 1 +KCOpCO +KH2pH2 +KCH4pCH4 +KH2O
pH2O

pH2

(7)

ver supported Pt-based catalyst, the model adsorption parame-
ers are adjusted for Ni-based catalyst [22]. The combined model
or the kinetic rate equations of ATR is given in Table 2. The reac-
ion equilibrium constants and Arrhenius kinetic parameters are
isted in Table 3. Van’t Hoff parameters for species adsorption
re given in Table 4.

The rate of consumption or formation of species i, ri

mol/(kgcat s)) is determined by summing up the reaction rates
f that species in all the reactions Rj (mol/(kgcat s)). Effective-
ess factors ηj are used to account for the intraparticle transport
imitation [23–25]. Therefore, the reaction rate of each species
ecomes:

CH4 = −η1R1 − η2R2 − η4R4 (8-a)
O2 = −2η4R4 (8-b)

CO2 = η2R2 + η3R3 + η4R4 (8-c)

koj (mol/(kgcat s)) Ej (J/mol)

) 1.17 × 1015 bar0.5 240,100
2.83 × 1014 bar0.5 243,900
5.43 × 105 bar−1 67,130
8.11 × 105 bar−2 86,000
6.82 × 105 bar−2 86,000

Hi (J/mol) KC
oi (bar−1) �HC

i (J/mol)

38,280
70,650
82,900
88,680

1.26 × 10−1 −27,300
7.78 × 10−7 −92,800
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Table 5
Reactor simulation model with corresponding boundary and initial conditions

Mass and energy balances
in the gas phase

εb
∂Ci

∂t
+ ∂(uCi)

∂z
+ kg,iav(Ci − Ci,s) = εbDZ

∂2Ci

∂z2
(9)

εbρfCpg
∂T

∂t
+ uρfCpg

∂T

∂z
= hfav(Ts − T ) + λ

f
z

∂2T

∂z2
(10)

Mass and energy balances
in the solid phase

kg,iav(Ci − Ci,s) = (1 − εb)ρcatri (11)

ρbedCp,bed
∂Ts

∂t
+ hfav(Ts − T ) = ρcat(1 − εb)

∑
−�Hrxn,jηjRj (12)

Note: rate of accumulation of the concentration in the solid particle (Ci,s) is ignored, due to small particle size, see [26].

Pressure drop
∂P

∂z
= −KDu−KVu

2 (13)

Boundary conditions At the reformer inlet z = 0.0
Ci = Ci,o T = To Ts = Ts,o P = Po (14)
At the reformer exit z = L
∂C ∂T ∂T

0
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∂z
= 0

∂z
= 0 s

∂z
=

nitial conditions Ci = Ci,o T = To Ts = Ts,o

H2O = −η1R1 − 2η2R2 − η3R3 + 2η4R4 (8-d)

H2 = 3η1R1 + 4η2R2 + η3R3 (8-e)

CO = η1R1 − η3R3 (8-f)

here η1 = 0.07, η2 = 0.06, η3 = 0.7, η4 = 0.05 [23].

.2. Governing equations

The mathematical model developed is typically composed
f mass and energy balance equations in the gas and the solid
hases as shown in Table 5.

Pressure drop along the axial direction in the fixed bed is
escribed by the Ergun equation [27]. KD and KV are parameters
orresponding to the viscous and kinetic loss terms, respectively,
nd given in Table 6. The axial dispersion coefficient to account

or the non-ideal flow and local mixing at turbulent velocities
lus the diffusive flow is estimated using the equation of Edwards
nd Richardson [28], see Table 6. The axial thermal effective
onductivity of the bed shown in Table 6 is determined from

g
j
fi
j

able 6
mpirical correlations employed in the model

emi-empirical relations for KD and KV [27]

KD = 150μg(1 − εb)2

d2
pε

3
b

(Pa s/m2); KV = 1.75(1 − εb)ρf

dpε
3
b

(Pa s2/m3)

ass axial dispersion coefficient [28]

DZ = 0.73Dm + 0.5udp

1 + 9.49Dm/udp
ffective thermal conductivity [29]

λ
f
z

λg
= λ

f,o
z

λg
+ 0.75 · Pr · Rep ,

λ
f,o
z

λg
= εb + 1 − εb

0.139εb − 0.0339 + (2/3)λg/λs
ass transfer coefficient [36]

kg,i = jD,iRe · Sci1/3Di
dp
, εbjD,i = 0.765Re−0.82 + 0.365Sci

−0.398,

000, 0.25 < εb < 0.96

eat transfer coefficient [36]

hf = jH
CpgGs

Pr2/3
, jH = 0.91Re−0.51ψ, 0.01 < Re < 50, jH = 0.61Re−0.41ψ
(15)

(16)

ef. [29], see also [30–33]. The gas and catalyst temperatures are
nitially equal to the feed temperature at the start up conditions.
herefore, the catalyst bed is heated up to the feed temperature.
he initial and boundary conditions are summarized in Table 5.

.3. Gas properties and transport coefficients

Gas properties such as the fluid density, heat capacity, thermal
onductivity, and viscosity are naturally functions of tempera-
ure as well as of composition, and they are changing along
he reformer length and might vary with time. Temperature and
omposition dependent expressions are employed in the model
o calculate the gas properties throughout the reactor [34,35].
owever, average values are only used to calculate the gas vis-

osity and thermal conductivity, the solid thermal conductivity,
nd the bed heat capacity [37]. The mass transfer coefficient from

as to solid, kg,i, is calculated from the Chilton–Colburn factor,

D, for mass transfer [36], see also [35]. The heat transfer coef-
cient, hf, is also determined from the Chilton–Colburn factor,

H [36]. The transport coefficients are presented in Table 6.

Re = ρfudp

μ
, Sci = μ

ρfDi
0.01 < Re < 1500, 0.6 < Sc <

, 50 < Re < 1000, Pr = Cpgμg

λg
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Table 7
Reactor parameters, operating conditions, and average gas properties used in the
model simulations

Unit Value

Reactor length m 0.4
Gas feed temperature ◦C 500
Catalyst temperature ◦C 500
Pressure bar 1.5
Solid density [22] kg/m3 1870
Bed voidage – 0.4
Particle diameter m 2 × 10−3

Gas mass flow velocity kg/(m2 s) 0.15
Steam/carbon molar ratio – 6.0
Oxygen/carbon molar ratio – 0.45

Average gas properties
Molecular diffusivity, Dm m2/s 1.6 × 10−5

Gas viscosity, μg kg/(m s) 0.031 × 10−3

Gas thermal conductivity, λg W/(m K) 0.0532
Solid thermal conductivity, λs W/(m K) 13.8
Bed heat capacity, Cp,bed [37] J/(kg K) 850

3
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along the axial reformer direction at different times using the
simulation parameters and conditions listed in Table 7 for gas
feed flow, space velocity, pressure, and O/C and S/C ratios.
The temperature is changing with time until it monotonically
LHVH2 MJ/kmol 240
LHVCH4 MJ/kmol 800

.4. Numerical solution

The mathematical model consisting of coupled partial dif-
erential and algebraic equations is implemented and solved in
PROMS modeling environment (Process Systems Enterprise
td.). Backward difference of first order is used as a spatial dis-
retization method over a uniform grid of 100 intervals. The
ntegration over the time domain is performed by the DAE
ntegrator based on the variable time step of the backward differ-
ntiation formula. Reactor parameters, operating conditions, and
verage gas properties used globally throughout this simulation
tudy are listed in Table 7.

. Results and discussion

The most recent work for modeling of autothermal reform-
ng of CH4 for H2 production by Hoang and Chan [18], presents
otential operating conditions for high CH4 conversion and H2
urity (on dry basis) at a S/C ratio of 1 and an air/carbon ratio
A/C) of 3.5 (equivalent to an O/C ratio of 0.74). They obtained
conversion of 98% and H2 purity and yield of 42% and 1.9%,

espectively. However, a further insight in the reforming pro-
ess can generate improved operation performance in terms of
eforming efficiency, and H2 purity and yield using higher S/C
atios to boost the reaction selectivity towards H2 production and
owering the air or oxygen to carbon ratios to merely provide
ufficient energy for the endothermic reforming reactions.

Fig. 1 shows the composition distribution during autothermal
eforming at different temperatures at thermodynamic equilib-
ium at a pressure of 1.5 bar and molar ratios of S/C and O/C
f 6 and 0.45, respectively. Higher CH4 conversion is natu-

ally favored at elevated temperatures. Conversion levels greater
han 96% can be achieved at temperatures above 500 ◦C. How-
ver, the H2 purity (defined as mole fraction of H2 on dry
asis, Ydry(H2)) obtained is gradually increasing with temper-

F
5
(

ig. 1. ATR product gas composition at 1.5 bar, O/C = 0.45, S/C = 6 at thermo-
ynamic equilibrium. ( ) CH4 conversion; (�) H2; (�) CO; (�) CO2; (�) CH4;
©) CO + CO2.

ture until it reaches a maximum value of 74.1% at 500 ◦C,
eyond which it starts to slightly decrease at higher temperatures
nd no further improvement can be attained. This is contributed
o the fact that equilibrium between CO and CO2 tends to favor
he reverse water gas shift reaction and the equilibrium con-
itions are disturbed resulting in reduced H2 concentration and
ncreased CO concentration. Therefore, the gas feed temperature

ust be selected above 500 ◦C to give a maximum H2 purity,
aking into account that the adiabatic temperature rise of the
eformer will already lead to a higher CH4 conversion.

Fig. 2 shows the dynamic profiles of the gas temperature
ig. 2. Dynamic temperature profiles along the axial reformer direction at
00 ◦C, 1.5 bar, O/C = 0.45, S/C = 6. (+) 100 s; (×) 200 s; (�) 400 s; (�) 600 s;
�) 1000 s; (�) steady state.
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At relatively low O/C ratio of 0.45, S/C ratio of 0.6, a total
pressure of 1.5 bar, and a GHSV of 3071 h−1 (residence time
of 1.17 s, Gs = 0.15 kg/(m2 s)), the monotonic behavior of the
temperature profile is reasonably predicted as shown in Fig. 5.
ig. 3. Steady state composition profiles (on dry basis), at 500 ◦C, 1.5 bar,
/C = 0.45, S/C = 6. (�) H2; (�) CO2; ( ) CO; (©) CH4; (-) O2.

pproaches steady state conditions at 862 K in about 13 min with
maximum rise of 89 ◦C above the feed inlet temperature. The

imulation curves show no peak value attained in the front part
f the reformer and then are gradually flattening or even decreas-
ng in the rear part as might be expected for the typical behavior
f a catalytic partial oxidation reformer and even for a high O/C
ed autothermal reformer [23,38,39]. This phenomenon is fur-
her discussed for high concentrations or high-pressure operation
elow.

The steady state composition profiles of the gas species on
ry basis as a function of the axial reactor coordinate are given
n Fig. 3. The H2 purity obtained at the S/C ratio of 6, and
/C ratio of 0.45 is 73% with corresponding CH4 conversion
f 93%, H2 yield of 2.6 mol H2 produced/mol CH4 fed, and
hermal reforming efficiency of 78%. This thermal efficiency of
he reforming process is defined as

ff = nH2 ,mol H2 produced

nCH4 ,mol CH4 fed
· LHVH2

LHVCH4

(17)

he front part of the reformer is obviously utilized to generate
ufficient energy for the process, so that the oxidation reaction
s dominating the front section while the rest of the reformer is
ominated by the endothermic reforming reactions. Due to the
igh concentration of steam and relatively low concentration of
xygen in the reactor, the oxidation and the reforming reaction
ates are almost of the same order of magnitude.

The wet concentration profiles show a peak for water in
he first 10% of the reformer length as increased product con-
entration from the oxidation reaction. Thereafter, the water
oncentration decreases along the reformer length due to its
onsumption via the endothermic reforming reactions. However,
eed oxygen is fully consumed by the catalytic oxidation reaction

n the first 10% of the reformer.

Figs. 4–6 reveal how the ATR process behaves under the given
imulated conditions in terms of heat transfer. Fig. 4 depicts the
emperature profiles along the reformer at steady state in the gas

F
O
P
P

ig. 4. Temperature profiles of bulk gas and solid catalyst at 500 ◦C, 1.5 bar,
/C = 0.45, S/C = 6. ( ) Tgas; (©) Tcatalyst.

nd solid phases. It is evident that heat transfer is quite effec-
ive and the interfacial resistances between the catalyst and the
as are relatively small along the reformer, although the catalyst
urface is about 11 ◦C higher in temperature than the bulk gas at
he front section. This is due to the fact that heat of combustion
enerated in the catalyst is effectively transported to the bulk
as. The two profiles are almost identical after the first 20% of
he reformer length. Similarly, the interfacial concentration gra-
ients are found to be negligible due to effective mass transport
n the gas film.
ig. 5. Gas phase temperature profiles at different pressures and at 500 ◦C,
/C = 0.45, S/C = 6. (�) G = 0.15 kg/(m2 s), P = 1.5 bar; (©) G = 0.55 kg/(m2 s),
= 1.5 bar; (+) G = 0.55 kg/(m2 s), P = 4.5 bar; ( ) G = 0.55 kg/(m2 s),
= 7.5 bar; (�) G = 0.55 kg/(m2 s), P = 15 bar.
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Fig. 6. Gas temperature profiles and spike-like catalyst temperature pro-
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The influence of the S/C and O/C molar ratios on the ATR
performance is presented in Figs. 8 and 9 in terms of CH4 con-
version, thermal reforming efficiency, and H2 purity obtained
les at high concentration (pressure), at 500 ◦C, O/C = 0.45, S/C = 6. (©)

gas, P = 4.5 bar; ( ) Tcatalyst, P = 4.5 bar; (�) Tgas, P = 7.5 bar; (+) Tcatalyst,
= 7.5 bar.

he figure shows two other important aspects of the process. At
elatively low gas concentrations at low pressure of 1.5 bar and
elatively high GHSV of 11,260 h−1 (residence time of 0.3 s,

s = 0.55 kg/(m2 s)), the oxidation kinetics [21] is somewhat
lower than the reforming kinetics [19], which explains the dip
n the temperature at the beginning of the reformer. Conversely,
t higher operating pressure (higher concentrations), a temper-
ture peak appears in the front part of the reformer (more than
50 ◦C gas temperature rise). Apparently, this is contributed to
he fact that the oxidation rate becomes faster than the reform-
ng rates at high pressure and lower temperatures. The peak gets
harper at higher pressures.

The catalyst temperature profiles at pressures of 4.5 and
.5 bar are given in Fig. 6. Hot spot formation in the catalyst
s observed due to the fast oxidation reaction at high oxygen
artial pressures in the reformer front part. This phenomenon
eserves considerable attention during reactor design, construc-
ion, and the distribution of the temperature sensing devices
long the reactor length. Non-uniformity of oxygen distribu-
ion throughout the reactor may also escalate the occurrence
f hot spots especially on an industrial scale operation. Hoang
nd Chan [40] have recently investigated the partial oxidation
rocess using radial distribution oxygen through a permeable
embrane reactor. One side of the membrane is exposed to gas

n the tubular catalyst bed, while the other side is exposed to air.
he difference of oxygen partial pressures between the adjacent
ides due to oxidation reaction in the catalyst bed causes oxy-
en to permeate from the airside to the catalyst bed through the
embrane by ionic and electronic diffusion mechanism. This

an provide uniform oxygen distribution and better control for
he process in addition to higher concentration of hydrogen in

he product gas as air nitrogen is abandoned in the supply feed
sing the membrane.

Axial mass dispersion is found to have a negligible effect on
he concentration profiles. This is an expected result as the L/dp

F
(

ig. 7. Effect of axial thermal dispersion on ATR temperature profile. (�) With
ispersion; (�) no dispersion.

atio used in investigating the reactor operation is 200, which is
uch higher than the Carberry criterion (L/dp > 50). The axial

hermal dispersion, however, slightly influences the temperature
ehavior along the reactor. Fig. 7 shows the steady state temper-
ture profiles along the axial direction of the reformer in the two
ases of presence and absence of the heat axial dispersion term
n the model. Neglecting the axial dispersion of heat generates
n axial shift in the local temperatures varying along the front
art of the reactor. At the first 4% of the axial direction, the shift
s 11.8 ◦C, at 10% of the length the shift is 2.63 ◦C, while it
esults in an offset of −2.75 ◦C in temperature in the rear part
f the reformer.
ig. 8. Effect of S/C ratio on ATR performance, at 500 ◦C, 1.5 bar, O/C = 0.45.
�) Reformer efficiency; (�) CH4 conversion; (�) Ydry, (H2).
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ig. 9. Effect of O/C ratio on ATR performance, at 500 ◦C, 1.5 bar, S/C = 6. (�)
H4 conversion; (�) reformer efficiency; (�) Ydry, (H2).

n dry basis. Fig. 8 shows the S/C ratio versus conversion, effi-
iency, and H2 purity at fixed O/C ratio of 0.45 and at a pressure
f 1.5 bar. Apparently, there is a maximum or saturation value
or the ratio of steam that can be mixed with the fuel in the
eformer in order to enhance its behavior. Beyond a ratio of S/C
f 6, there is no further increase in the dry basis H2 compo-
ition (73%) and CH4 conversion (93%). There is still a little
ncrease in the amount of H2 produced per mole of CH4 fed to
he reformer and consequently in the thermal efficiency of the
nit, which can reach about 83% at high load of steam (S/C
atio).

This, however, means more economic burden on the process
n terms of raw material operational costs, and construction costs
f a bigger reformer, and therefore might not make it a promising
lternative. Thus the optimal operational window for the steam
oad (S/C ratio) can be taken as 4.5–6.0 where a fuel conversion
f 90–93%, an H2 purity of 70–73%, and a thermal efficiency
f 71.5–78% can be realized.

Fig. 9 shows a local optimal window for oxygen load (O/C
atio) to the reformer of 0.45–0.55 on molar basis at a fixed S/C
atio of 6 that can produce a maximum H2 purity of 73% and
thermal efficiency of 78%, and naturally a yield of 2.59 H2

roduced per mole of CH4 fed. However, the fuel conversion
s always favored by a high O/C ratio, but on the balance of
ow H2 selectivity because most of the CH4 in this case will be
onsumed via the oxidation reaction to CO2.

Fig. 10 gives a relatively wide window of operation for
he gas feed flow velocity through the reformer from which
n improved ATR performance in terms of fuel conversion
nd thermal efficiency can be attained. A GHSV in the range
f 204.8–28,664 h−1, corresponding to a residence time of
7.6–0.12 s, is investigated at fixed ratios of O/C and S/C of 0.5

nd 6, respectively. It can be seen that at a low gas flow velocity,
eaning a high residence time of the species in the reactor, the

onversion obtained is as low as 74.8% and the thermal efficiency
s around 58%.

1
a
s
t

ig. 10. Effect of GHSV on ATR performance, at 500 ◦C, 1.5 bar, O/C = 0.5,
/C = 6. (�) CH4 conversion; (�) reformer efficiency.

This is an expected result due to the fact that at low gas
ow velocity, the mass transport between the bulk gas and the
atalyst surface is certainly a limiting factor. Thus, low pro-
uction rates and conversion levels are obtained. On the other
and at very high gas feed velocity (very short residence times
hrough the reactor), there is indeed not enough time for the
eactions to provide sufficient conversion or to reach equilib-
ium compositions. However, a relatively wide regime of space
elocities (1050–14,000 h−1) can provide optimal values for
onversion and efficiency around 93 and 78%, respectively.
he process at this plateau can be recognized as a kineti-
ally limited process, where the internal kinetic limitations are
ontrolling.

. Conclusions

The ATR process performance in terms of fuel conversion,
eforming efficiency, and H2 purity and yield is demonstrated
n a fixed bed reformer of 0.4 m in length using a 1-D hetero-
eneous reactor model. The reformer temperature and product
as composition are directly affected by the operating ratios of
/C and O/C in the feed, in addition to feed temperature and
esidence time along the catalyst bed. Unsuitable feed compo-
ition, i.e. high oxygen partial pressure (corresponding to an
/C ratio greater than 0.45) at high-pressure operation (greater

han 4.5 bar), can generate serious hot-spot formation at the
atalyst surface. High-pressure operation will lower the fuel con-
ersion and demands high steam loads (S/C ratio). Improved
erformance of the ATR is determined to provide up to 93%
ethane conversion, reformer efficiency of 78%, H2 yield and

urity of 2.6 and 73%, respectively, using an O/C ratio of 0.45,
n S/C ratio of 6, a feed temperature of 500 ◦C, a pressure of

.5 bar, and a GHSV of 3071 h−1. An optimal window of oper-
tion is given in Table 8. The gas and catalyst temperatures are
hown to have good proximity with only 11 ◦C difference within
he first 10% of the reformer front and 89 ◦C above feed tem-
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Table 8
Summary of optimal operational conditions for the ATR process

Performance criteria

Fuel conversion (%) Thermal reforming efficiency (%) Hydrogen yield Hydrogen purity (%)

93 78 2.6 73

Optimal operational parameters
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erature at the aforementioned operational conditions. Steady
tate conditions are reached in about 13 min. The ATR process
s kinetically limited with the catalyst properties investigated
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